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Abstract

Thermal Energy Storage (TES) systems represent a cornerstone in
the development of sustainable energy solutions, enhancing the flexi-
bility in energy management. Heat exchangers are pivotal components
of TES systems and they require precise control to optimize efficiency.
Proportional-Integral-Derivative (PID) controllers are commonly em-
ployed for heat exchangers control but, since these systems are sub-
ject to time-delays and nonlinearities, their performance leaves room
for enhancement. This paper explores the potential of Proportional-
Integral-Derivative-Acceleration (PIDA) control, also known as PIDD
or PIDD?, that introduces a double derivative (acceleration) compo-
nent to the traditional PID structure. The capability of PIDA control
in improving system performance compared to conventional PID con-
trollers is evaluated through a simulation study performed on a real-
istic heat exchanger simulator. The obtained results show the efficacy
of PIDA control in enhancing control performance without adding ad-
ditional complexity or tuning efforts.

Index Terms: PIDA control, PID control, Tuning, Energy systems, Process
control



1 Introduction

Thermal energy storage (TES) systems play a pivotal role in the develop-
ment of sustainable energy solutions as they reduce the need of burning
fossil fuels to generate heat. Indeed, they enable the efficient capture and
re-utilization of waste heat by storing it as thermal energy in order to exploit
it at a later stage in the plant [1], thus improving energy efficiency compared
to the case where heat is just dissipated into the environment. Heat exchang-
ers are key components of TES systems as they allow the transfer of thermal
energy between different fluid streams, thus enabling heat distribution and
storage. To ensure that the energy transfer is carried out in the most effi-
cient and effective manner, thus maximizing the overall performance of the
TES system, operational variables (such as flow rates and temperatures)
must be maintained at their target values. Thus, closed-loop control of heat
exchangers is fundamental.

As in many other process control applications, Proportional-Integral-Derivative
(PID) control is the most widely employed technique for heat exchangers
since it is low-cost, easy to implement and design (thanks to the availabil-
ity of a large number of tuning rules), and it provides acceptable control
performance in many applications. However, the dynamic behavior of heat
exchangers is characterized by the presence of time-delays and nonlineari-
ties that strongly limit the control performance achievable with PID control.
This represents an issue in the context of TES systems where tight control
specifications are required to maximize energy efficiency and, thus, the per-
formance of a simple PID controller could be improved. For this reason,
more advanced control methodologies have been proposed such as predic-
tive functional control [2], fuzzy control [3], MPC [4], robust control [5]
which, however, imply a greater complexity of the controller and of its tun-
ing along with an increased cost. It would therefore be desirable to improve
the control performance while maintaining the complexity of the controller
and of its tuning unchanged with respect to a simple PID.

In this context, a promising option can be represented by Proportional-
Integral-Derivative-Acceleration (PIDA) control (also known as PIDD or
PIDD?, which stands for Proportional-Integral-Double-Derivative) where
the complexity of the PID structure is slightly increased by adding the dou-
ble derivative of the feedback error in the calculation of the control action.
The rationale is to add a zero in the transfer function of the controller,
thus providing more phase lead to the system. This provides a performance
improvement for high-order systems [6] and for integral processes [7—14].
On the other hand, the use of the PIDA structure implies an increment of
the tuning effort since, with respect to PID, there is an additional param-
eter (namely, the acceleration gain or the second derivative time constant)
that has to be selected. This shortcoming can be counteracted by providing
tuning rules based on a process model that can be obtained by means of



a simple and cost-effective experiment. Advancements in this sense have
been made in [15] and [16]. The first approach is based on Internal Model
Control starting from a high-order process model estimated through the n-
shifting technique based on a relay-feedback experiment [17]. The second
approach employs a generalized Haalman tuning methodology based on a
Third-Order-Plus-Dead-Time (TOPD) model obtained from an open-loop
step response.

In this paper, the use of PIDA for heat exchangers control is considered. The
goal is to evaluate whether PIDA can still bring a performance improvement
with respect to PID also in the context where the process to be controlled
is characterized by a distributed-lag dynamics and by a strong nonlinear
behavior. To this end, a realistic nonlinear model of the heat exchanger is
employed.

The paper is organized as follows: the case study considered and the heat
exchanger model used for simulation are described in Section 2. The em-
ployed PIDA controller structure and the tuning methodology are described
in Section 3. The obtained simulation results are presented in Section 4.
Finally, conclusions are given in Section 5.

2 Case study

The case study considered in this work consists of a heat exchanger con-
nected to a TES subsystem, as shown in Figure 1. A concentric tubes
counterflow heat exchanger is used to cool a process fluid by means of a
coolant fluid. The first one flows through the inner tube with a flow rate
F,(t), while the second one flows in the outer tube with a flow rate Fe(t).
The coolant removes heat from the process fluid that, thus, enters the heat
exchanger with an inlet temperature T),;(t) and leave it at an outlet tem-
perature Tp,,(t) < Tpi(t). In turn, the coolant enters the heat exchanger
with an inlet temperature T¢;(t) and leaves it at an outlet temperature
Teo(t) > Tei(t). The heat removed from the process fluid by the coolant
is then stored in a TES in order to be exploited according to the require-
ments of other parts of the plant (not shown in the figure). The control
problem consists of regulating the process fluid outlet temperature Te,(t)
(process variable) by acting on the coolant flow rate F.(t) (control variable)
by means of a pump. The values of Ty;(t), Fp(t) and Ti;(t) depends on
the operation of other parts of the plant and, thus, they can be seen as
disturbances.

2.1 Heat exchanger model

In order to simulate the heat exchanger dynamic behavior, the realistic
nonlinear model proposed in [18] is considered. The model is obtained by
considering the overall heat exchanger as an array of cells, which can be
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Figure 1: Diagram of the considered heat exchanger connected to a TES
subsystem.

seen as small counterflow heat exchangers connected in series. A schematic
representation of the jth cell is shown in Figure 2 where M,,; and M., are,
respectively, the masses of process fluid and coolant contained in the cell.
Their values are obtained by dividing the overall masses of process fluid
(M) and of coolant (M,.) contained in the overall heat exchanger by the
number of cells in which it has been divided. For each cell, the following
differential equations can be obtained from the energy balance:

dr,. F. UA
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where U is the overall heat transfer coefficient of the heat exchanger, A is
the exchange surface of the heat exchanger, C), is the specific heat of the
coolant, Cp, is the specific heat of the process fluid and ATj,,; is the stan-
dard logarithmic mean temperature of the cell. Note that, in the equations,
the dependency on time has been omitted, for the sake of brevity. The heat
exchanger has been divided in 20 cells, which corresponds to as many pairs
of differential equations. Note that the cells j = 1 and j = 20 correspond
to the process fluid outlet and inlet, respectively. Hence, T¢,(t) = T¢;i(t),
Tpoi (1) = Tpi(t) and Tp,,(t) = Teo(t), while Tpo(t) = Tp, (t — 36s), because
of the presence of a time delay on the output due to the position of the
outlet temperature sensor. The model parameters are shown in Table 1.
Note that, since the model is nonlinear, its behavior depends on the inputs
values, which define the operating point. In this case study, the nominal
operating point defined by the combination of inputs shown in Table 2 is
considered, as in [18]. Figure 3 shows the open-loop responses of the model
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Figure 2: Schematic representation of the cell-based heat exchanger model
considered.
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Table 1: Model parameters.

Parameter | Value Unit
U 198.74 | W/(m? K)
A 1.86 m?
Cp. 1060.66 | J/(kg K)
Cp, 883.88 J/(kg K)
M, 6.80 kg
M, 18.14 kg

output T,,(t), obtained by applying step changes to the control action Fy(t),
to highlight the strongly nonlinear behavior of the system. The simulations
are performed starting from the nominal operating point. At time zero the
system is perturbed by adding a step change of amplitude AF, to the nom-
inal control action F. = 0.315 kg/s. A representative set of symmetrical
step changes is considered, namely AF, = +0.025 kg/s, AF, = £0.05 kg/s,
AF, = £0.1 kg/s and AF,. = +0.15 kg/s. These particular values are ar-
bitrarily chosen inside the operative range of the considered heat exchanger
to highlight the asymmetrical behavior of T¢,(t), which becomes more evi-
dent as the amplitude of AF, increases. This suggests that the system gain
varies nonlinearly with respect to F¢(t). Note that the system has a negative
gain, hence when a positive AF, is applied the output T, (t) decreases, and
viceversa.



Table 2: Inputs of the heat exchanger corresponding to its nominal operating
point.

Parameter | Value | Unit
F, 0.189 | kg/s
F. 0.315 | kg/s
Tpi 366.48 | K
T 31093 | K
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Figure 3: Open-loop process responses to symmetrical step changes of am-
plitude AF, = £0.025 kg/s (solid line), AF, = +0.05 kg/s (dotted line),
AF. = £0.1 kg/s (dashed-dotted line) and AF. = +0.15 kg /s (dashed line),
added to F. at time zero.



3 Methodology

3.1 Linear model identification

In order to design the controller, a Third-Order-Plus-Dead-Time (TOPDT)
model of the process is determined by evaluating an open-loop step response
according to the method proposed in [19]. In particular, the process gain
K is obtained as the ratio between the steady-state variation of the process
variable and the amplitude of the input step. Then, the time instants t¢5, t35
and tg5 when the output, respectively, achieves 5%, 35% and 85% of its final
value are determined. Then, the process transfer function is finally written

P(s) = k emals (1)

(1+7s) (1 + %sy

where

L =1.3t35 — 0.29%g5

T = 0.67(t85 — t35)

ts 0.41 (5)
a = 0.598 + 0.4799— —

L t5 0.6
?

Note that, since the process exhibits nonlinear behavior, the amplitude of
the input step on F.(¢) has been appropriately chosen such that the response
could be locally approximated as linear. More details regarding model iden-
tification are given in Section 4.

3.2 Controller structure

A block diagram of the considered closed-loop system is shown in Figure
4 where Tp,(t) is the process fluid outlet temperature set-point, Tp,(t) is
the process fluid outlet temperature affected by the measurement noise n(t)
and e(t) is the control error. Note that T¢;(t), Tpi(t) and Fp(t) act as dis-
turbances. We select C(s) as a PIDA controller whose transfer function
is

Cls) = K, <1 b Tus+ Tas2) (6)

T;s

where K, is the proportional gain, 7T; is the integral time constant, T} is the
derivative time constant and T, is the acceleration (double derivative) time
constant.
Actually, in order to obtain a realizable controller, a first-order filter has to
be added to the derivative action and a second-order filter has to be added
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Figure 4: Block diagram of the closed-loop system.

to the acceleration action, yielding:

1 Tys T, s>
Cs) =Ky [ 1+ -+ 7T+ s (7)
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Moreover, these filters are also necessary to effectively filter the measurement
noise and to avoid derivative and acceleration kicks. It is then worth noting
that, if T, = 0, then a standard PID controller results. Finally, to provide
a better filtering of the measurement noise, the controller output is filtered
with a low-pass filter defined as:

1

F(s) —
(S) Tfs +1

(8)
where Ty is the time constant of the filter.

3.3 Controller tuning

The parameters of the PIDA controller can be selected by applying the
generalized Haalman tuning proposed in [16], which is here briefly reviewed
for the sake of clarity. After rewriting transfer function (4) as

. K

P — —alLs 9
(s) azs3 + ags? + a1s + 1° 9)

where



the integral, derivative and acceleration time constants are determined by
applying a pole-zero cancellation considering (6), so that

Ti=m

a2

Ty = —
4= 0 (11)

a

T, = —

a1

Then, as it is typically done in process control, the parameters of the filters
are selected as M = N = 10 and the proportional gain K, of (7) is calculated
with a simple numerical procedure in order to obtained a convenient value
of the maximum sensitivity, defined as

1
M, := max - . (12)
wel0,400) [ 1 4 C'(jw)P(jw)
Finally, the time constant of the output filter is set as:
0.05
Ty = (13)
Wye

where wy. is the gain crossover frequency of the loop transfer function

C(s)P(s), that is the frequency for which |C'(jwge)P(jwge)| = 1.

4 Simulation results

To perform the simulations, the realistic nonlinear model described in Sec-
tion 2.1 is used by considering the initial operating point resulting from
the set of inputs shown in Table 2. First, the PIDA controller tuning is
performed. To identify the TOPDT model, a step change of AF,. = -0.05
kg/s is applied to F.(t), which is therefore reduced from its nominal value
of 0.315 kg/s to the final value of 0.265 kg/s. From the resulting outlet
temperature open-loop response the TOPDT model is identified by apply-
ing the procedure described in Section 3.1 obtaining the following model
parameters: K = —21.45 (K s)/kg, L = 55.96 s, @« = 0.68 and 7 = 29.61 s.
On the basis of the identified model parameters, the three time constants
of the PIDA are calculated according to (10) and (11). Then, the value of
the proportional gain is determined after having fixed a desired value of the
maximum sensitivity M equal to 1.4 in order to ensure the robustness with
respect to the nonlinear behavior of the process. Finally, the value of the
controller output filter time constant is determined according to (13).

In this simulation study, the performance of the PIDA controller are com-
pared with those of a PID controller. The latter is tuned by following a



tuning procedure analogous to that used for the PIDA controller to ensure
that a fair comparison is obtained. The only difference consists in the fact
that, in the case of PID, the pole-zero cancellation technique used to deter-
mine the controller time constants (described in Section 3.3 for the PIDA
controller) is that used in the standard Haalman method [20] which is based
on the estimation of a Second-Order-Plus-Dead-Time (SOPDT) model. To
obtain this model, the iterative procedure described in [21] is employed.
Note that also this procedure is based on the same open-loop response used
to tune the PIDA controller. As regards noise filtering the same rationale
used for the PIDA controller is used. In particular, N = 10 is selected for
the filter on the derivative action and (13) is used to determine the value of
the output filter time constant. The resulting values of the tuning parame-
ters for both controllers are summarized in Table 4.

The performance of the controllers is quantified by means of the integrated
absolute error (IAE), defined as:

Tsim
TAE = / Toa(t) — Tholt)]dt (14)
0

where Tj;,, is the simulation time, which is equal to 1000 s. Moreover, to
better highlight the performance difference in terms of IAE between the two
controllers the percentage difference Ajap is defined as:

IAEpip —IAEpipa .

1 1
TAEpip 00 (15)

Arap =
where I[AEprp and IAEp;p4 are the values of the IAE obtained with the
PID and with the PIDA controllers, respectively. Measurement noise is sim-
ulated by applying to the signal n random values in the range [-0.5,0.5],
thus equal to the 10% of the maximum set-point step amplitude applied to
Tpo(t). The performance of the controller has been assessed for both set-
point following and disturbance rejection tasks. In particular, four different
simulation scenarios are considered and, for each of them, different values
of set-point changes or of disturbance amplitudes have been considered to
assess the effect of nonlinearities on control performance. For each scenario,
the simulation is started from the nominal operating point resulting from
the set of inputs given in Table 2. The simulations start from a steady-state
condition, hence ﬂ(t) is set equal to the process fluid output given by the
nominal operating point, that is Tj,(t) = 321.05 K. Moreover, the integral
terms of both controllers are preloaded such that the initial value of the
control action is equal to the nominal input F.. In the set-point following
scenario a step change of amplitude AT}, is added to Tp,(t) at time zero. As
regards disturbance rejection, three different scenarios are considered where
a step disturbance is applied at time zero to T¢;(t), Tpi(t) and F(t), respec-
tively. The first one consists of a step disturbance of amplitude AT,; that
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is added to T,;. The second one consists of a step disturbance of amplitude
AT,; that is added to T,;. The last one consists of a step disturbance of
amplitude AF), that is added to F,. For each scenario, three different values
are considered for the steps, and their values are shown in Table 3.

The responses obtained for the set-point following task are shown in Figure
5 and the corresponding performance indexes are shown in 5. The responses
obtained for the disturbance rejection task with respect to step disturbances
in Tti(t), Tpi(t) and F,(t) are shown in Figures 6, 7 and 8, respectively. The
corresponding performance indexes are shown in Tables 6, 7 and 8, respec-
tively. Note that, in the top plot of the figures, the T),(t) signal is shown.
This it is the value of the process fluid outlet temperature not affected by
the measurement noise. This choice has been done to better highlight the
different responses obtained by the two controllers. However, it is worth
stressing that this is only a choice made for the sake of clarity in presenting
the results. In fact, the variable T}, (t) is actually given to the controllers as
the residual noise that affects the control action shown in the bottom plot
testifies. Note that the two plots also have a different time scale to better
highlight the differences in the control actions between the two controllers.
The obtained results show that the PIDA controller provides an improved
performance with respect to the PID controller. In particular, for all the
considered simulation considered the PIDA controller provides a reduction
of the TAE with respect to that obtained with the PID from a minimum of
4.68% to a maximum of 17.94%. As regards the time responses, this trans-
lates into a faster responses, in an improved damping of the oscillations and,
thus, in a shorter settling time. The performance improvement is paid at
the cost of slightly higher values of the control action. In particular, it is
possible to note that the PIDA controller provides faster changes in the con-
trol action thanks to the presence of the acceleration term. However, this is
not paid at the cost of acceleration kicks and also the noise is filtered very
effectively. This can be checked by observing that the amount of residual
noise affecting the control action is small. Finally, it is worth noting that, for
both controllers, the control performance degrade as the amplitude of the
set-point changes and of the disturbances increase. This is due to the fact
that, as the amplitude of these signal increases, the distance from the nom-
inal operating point also increases but the linearized models used to tune
the controllers are well representative of the process behavior only for small
deviations from the nominal operating point. Interestingly, the PIDA con-
troller provides greater performance improvements with respect to the PID
controller as the distance from the nominal operating conditions increases.
This means that the PIDA controller can provide an improved robustness
with respect to the PID controller, thus allowing a satisfactory control per-
formance to be obtained over a wider range of operating conditions.
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Table 3: Values of the step changes considered in each simulation scenario.

Set-point Disturbance

AT, K] | ATi K| ATy K] | A, ke/s
Case 1 +5 -5 -5 -0.025
Case 2 +2.5 -2.5 -2.5 -0.012
Case 3 -2.5 2.5 2.5 +0.012

Table 4: Tuning parameters values of the controllers employed in the simu-

lations.

K, | T, | Ts | T, | Ty
PIDA | -0.021 | 47.53 | 12.85 | 49.98 | 5.10
PID | -0.018 | 4242 [ 10.60 | 0 | 5.46

100 200

300 400

500 600
Time [s]

900

Figure 5: Set-point following responses obtained to step changes in Tp,(t)
of amplitudes AT, (t) = +5 K (black lines), AT,,(t) = +2.5 K (blue lines)
and AT,,(t) = -2.5 K (red lines) applied at time zero. Solid lines: PIDA
controller. Dashed lines: PID controller.

Table 5: Set-point following performance indexes obtained to step changes

in Tpo(t).

ATy, K] | IAEpip | IAEpipa | Arar [%)]
+5 865.03 709.78 17.94
+2.5 285.75 251.14 12.11
-2.5 552.60 525.67 4.87
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Figure 6: Disturbance rejection responses obtained to step changes in T,;(t)
of AT.; = -5 K (black lines), AT.; = -2.5 K (blue lines) and AT,; = +2.5 K
(red lines) applied at time zero. Solid lines: PIDA controller. Dashed lines:
PID controller.
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Figure 7: Disturbance rejection responses obtained to step changes in T}, (t)
of AT,; = -5 K (black lines), AT),; = -2.5 K (blue lines) and AT,; = +2.5 K
(red lines) applied at time zero. Solid lines: PIDA controller. Dashed lines:
PID controller.

Table 6: Disturbance rejection performance indexes obtained to step changes
in Tci (t)

AT, K] | IAEpip | IAEpripa | Arag [%]
-5 349.25 302.86 13.28
-2.5 169.81 154.89 8.79
+2.5 264.84 252.46 4.68
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Figure 8: Disturbance rejection responses obtained to step changes in F),(?)
of AF, =-0.025 kg/s (black lines), AF), =-0.012 kg/s (blue lines) and AF),
= 40.012 kg/s (red lines) applied at time zero. Solid lines: PIDA controller.
Dashed lines: PID controller.

Table 7: Disturbance rejection performance indexes obtained to step changes

in Tpi(t).
ATy [K] | IAEpip | IAEpipa | Arag [%]
-5 211.60 192.55 9.00
-2.5 108.16 101.44 6.21
+2.5 133.75 126.89 5.13

Table 8: Disturbance rejection performance indexes obtained to step changes

in F,(t).
AF, K] | IAEpip | IAEpipa | Aiap [
-0.025 606.94 506.47 16.55
-0.012 223.62 201.33 9.97
+0.012 329.01 311.97 5.18
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5 Conclusions

In this paper the performance improvement achievable with a PIDA con-
troller compared to a conventional PID controller when applied to a realistic
heat exchanger simulator is evaluated. The results obtained in this study
demonstrate that the PIDA controller provides a performance improvement
in both set-point following and disturbance rejection tasks, as witnessed
by a reduction of the TAE ranging from 4.68% to 17.94%. This translates
into faster responses, enhanced damping of oscillations, and shorter settling
times. The PIDA controller is able to increase robustness, maintaining a sat-
isfactory performance even under larger deviations from nominal operating
conditions. These findings confirmed that the benefits of PIDA control ex-
tend even on systems characterized by a strong nonlinear behavior, such as
heat exchangers, thus highlighting its effectiveness also in this context. No-
tably, the advantages offered by the PIDA controller over PID control are
achieved without significantly increasing the controller complexity or the
tuning efforts, thus offering a cost-effective means to enhance operational
efficiency.
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